The absorption rate and CO 2 solubility of four new blends using concentrated piperazine (PZ) were measured. The blends are 6 m PZ/2 m hexamethylenediamine (HMDA), 6 m PZ/2 m diaminobutane (DAB), 6 m PZ/2 m bis(aminoethyl)ether (BAE), and 5 m PZ/2 m N-2(aminoethy)lpiperazine (AEP). The liquid film mass transfer coefficient (k g was measured at 20 100°C using a wetted wall column (WWC). P CO2 * was measured at 20 100 °C using the WWC, and at 100 160°C using a total pressure apparatus. A semi-empirical VLE model was regressed for each blend using measured P CO2 *, and the models show good agreement with experimental data. The process performance of the new blends is compared to 5 m PZ/2.3 m AMP, 2 m PZ/4 m AMP, 8 m PZ, and 7 m MEA. The high pKa of primary diamines contributes to high lean and rich loading and low solvent capacity for 6 m PZ/2 m HMDA, 6 m PZ/2 m DAB, 6 m PZ/2 m BAE. The H abs of PZ/AEP and PZ/AMP is competitive with 7 m MEA. PZ/BAE and PZ/HMDA have H abs higher than 8 m PZ but lower than 7 m MEA. The energy performance of the solvent depends on CO 2 VLE and thermal stability. 6 m PZ/2 m HMDA, 6 m PZ/2 m AEP, and 5 m PZ/2 m BAE show good energy performance and are competitive with 8 m PZ. At 40°C the absorption rate of 5 m PZ/2 m AEP is about the same as 8 m PZ; 6 m PZ/2 m DAB and 6 m PZ/2 m BAE have 10% lower rates than 8 m PZ.
Introduction
This work presents absorption rate and CO 2 solubility measurements for new PZ blends with high PZ concentration (25 30 wt %). The blends are 6 m PZ/2 m hexamethylenediamine (HMDA), 6 m PZ/2 m diaminobutane (DAB), 6 m PZ/2 m bis(aminoethyl)ether (BAE), and 5 m PZ/2 m N-2(aminoethy)lpiperazine (AEP). All four amines have high alkalinity per molecule, which provides higher CO 2 carrying capacity (mol N/kg amine). The HMDA and BAE blends are expected to have high thermal stability [1] . The volatility of all four blends should have similar volatility to 8 m PZ due to the low concentration of the other amine. Results of the blends are compared against two PZ blends using 2amino-2-methyl-1propanol (AMP): 5 m PZ/2.3 m AMP and 2 m PZ 4 m AMP [2] . The molecular structures of the amines are show in Table 1 . All of the PZ blends are also compared against 8 m PZ and 7 m MEA [3, 4] . (AMP)
CO 2 solubility
The CO 2 solubility can be used to predict the overall energy performance and the operating loading range of the solvent. Process modeling results for coal-fired flue gas show 8 m PZ to have the best overall energy performance when operating between P CO2 * at 0.5 and 5 kPa at the top and bottom of the absorber [6] . Thus, the nominal lean and rich conditions of a solvent are defined as the CO 2 loading that corresponds to these P CO2 * at 40 °C. Solvent performance is compared at this practical loading range.
Absorption rate
Solvents with high absorption rate require less packing while removing the same amount of CO 2 , which means lower capital cost for the process. Also, a high absorption rate can reduce the driving force for mass transfer in the absorber and the overall irreversibility of the process [5] . This reduces the overall energy cost. Absorption rate is measured by a bench scale wetted wall column (WWC). The liquid film mass transfer coefficient (k g ) is reported, which equals the CO 2 flux divided by the liquid side driving force expressed using CO 2 partial pressure (Equation 1).
(1) k g mics of the gas-liquid contactor. Since the hydrodynamic of the WWC is relatively constant among solvents, the difference in measured k g represents changes in solvent properties. Thus, the WWC is superior to alternative methods, particularly gas sparging, where the contactor hydrodynamics can vary significantly due to changes in the physical properties of solvents. Also, compared to the stirred cell and the laminar jet, mass transfer in the WWC is more similar to that in structured packing. Results measured by the WWC can be used directly to predict solvent performance with commercial packing.
For most practical absorption conditions, the pseudo first order (PFO) approximation can be applied to the reaction between CO 2 and amines, which assumes the concentration of free amine in the boundary layer is the same as the bulk liquid. When this assumption is valid, k g shown in Equation 2.
(2)
The PFO expression shows k g is a function of diffusivity of CO 2 in the liquid (D CO2 ), the reaction rate constant of CO 2 and the amine (k 2 constant of CO 2 over the solvent (H CO2 ). Thus, the reaction rate constant (k 2 ) alone cannot be used to represent the practical absorption rate. Also, absorption rate should be measured at practical amine concentration and CO 2 loading, because the free amine concentration can vary significantly with changes in loading.
Experimental methods

Wetted wall column
The detailed geometry of the wetted wall column is shown in Figure 1 . This WWC and experimental method are identical to those used by Chen [7, 8] , and Dugas [3] . The total gas-liquid contact area of the column is calculated to be 38.5 cm 2 for ideal liquid film. The hydraulic diameter of the contact chamber is 0.44 cm, and 1.3 cm 2 cross area for gas flow. During an experiment, liquid solvent is pumped from a 1 liter reservoir and circulated through the WWC in a closed loop at approximately 2.4 -4 standard m 3 /min. The solvent enters the chamber through the hollow center of the column, and falls downward along its outer wall, forming an evenly distributed film, then exits from the bottom of the contact chamber. A total gas flow of 5 10 -3 standard m 3 /min is prepared by mixing CO 2 with N 2 . The gas stream is first saturated with water prior to entering the bottom of the contact chamber. The exit gas leaves from the top of the chamber. The CO 2 in the gas is measured by a Horiba Infrared Detector before and after entering the chamber. The total pressure of the system is varied between 0.5 MPa and 0.7 MPa, which is controlled by a needle valve at the gas exit. The gas and liquid streams both pass through temperature-controlled oil baths, which also set the temperature of the oil jacket of the chamber.
The difference in gas phase CO 2 concentration before and after entering the chamber is used to calculate the CO 2 flux of absorption/desorption. Typically, six measurements with different inlet CO 2 partial pressures are made for one CO 2 loading and temperature by varying the CO 2 /N 2 ratio in the gas. The CO 2 partial pressure is chosen between zero and double the equilibrium partial pressure of the solvent (P CO2 *); with three higher than P CO2 *for absorption and three lower for desorption. The measured CO 2 flux should form a straight line when plotted against the partial pressure driving force, as described by Equation 3.
( 3 ) While the value for P CO2 * is unknown, it is calculated by trial and error until Equation 3 satisfies the condition where CO 2 flux is zero when the driving force is zero. The linear function of the measured points should pass through the original point with the correct P CO2 * ( Figure 2 ). The slope of the line is the overall gas side mass transfer coefficient (K G ). k g is calculated by subtracting the gas film resistance (1/k g ) from the overall resistance (Equation 4). The gas film mass transfer coefficient (k g ) is calculated using an empirical correlation previously characterized for this wetted wall column [9] .
The WWC is used to measure k g CO2 * for each solvent at 20 100 °C and variable CO 2 loading. 
Total pressure
A total pressure equilibrium reactor is used to measure CO 2 partial pressure at high temperature.
The experimental apparatus and procedure are identical to those used by Xu [4] .
During an experiment, approximately 350 mL of liquid solvent with CO 2 loading is placed in the 500 mL equilibrium reactor. The head space of the reactor is flushed with N 2 before the reactor is sealed. The pressure of the reactor is measured continuously as it is heated to target temperatures. The reactor is kept at each temperature for at least 20 minutes after the reactor temperature stabilizes in order to ensure equilibrium is reached. The P CO2 * at each temperature is calculated from the measured reactor pressure (P meas ) using Equation 5.
(5)
The ideal gas law is assumed where the total system pressure equals the sum of the partial pressure of its components. The partial pressure of nitrogen (P N2 ) is approximated using the ideal gas law and the initial reactor temperature and pressure. The partial pressure of water is Literature value from the DIPPR database is used for the vapour pressure of water (P H2O,Vap ) [10]. The partial pressure of the amine (P amine ) is assumed to be zero since it is expected to be negligible compared to the partial pressure of other species. CO 2 loading of the initial solvent and at the end of the experiment is measured. However, the CO 2 loading at each temperature is expected to change significantly from the initial condition due to the high CO 2 partial pressure. Therefore, the CO 2 loading values are corrected by subtracting the moles of CO 2 in the vapor phase ( ) from total CO 2 in the original sample ( ) as in Equation 6.
The vapor phase CO 2 ( ) is calculated using the ideal gas law, where V vap is the vapor volume of the equilibrium reactor (approx 150 mL).
The total pressure apparatus can operate from 100 to 160 °C, and measures P CO2 * accurately in the range of 0.1 2.0 MPa.
Analytical methods
The CO 2 loading in the liquid solvent is determined by the total inorganic carbon method and acid titration. The total inorganic carbon method measures the amount of CO 2 per unit mass of liquid sample. The acid titration method measures the total moles of equivalent alkalinity per unit mass of solvent. Both methods are identical to those described by Freeman [11] .
HMDA (Acros, 99%), DAB (Acros, 99%), BAE (Huntsman, 99%), AEP (Acros, 99%), and PZ (Sigma-Aldridge, 98%) are used to prepare the solvents. CO 2 loading in the liquid are generated by bubbling gaseous CO 2 (99.99%, Matheson Tri-Gas) into the solvent.
Results and discussion
Experimental results for k g CO2 * are tabulated in Tables 4 6.
CO 2 solubility
About 20 50 data points were collected for each blend at variable CO 2 loading across the nominal lean and rich loading range using the WWC and total pressure apparatus. For each solvent, a semiempirical VLE model is developed by regression of all experimental data using Equation 7.
The values of model parameters and their statistical significance are summarized in Table 2 . The quality of the regressed fit by the model (R 2 ) is included. The experimental results are plotted together with model predictions for the blend in For all four blends, the two sets of results by different experimental methods agree well with each other. The quality of regressed fit for the semi-empirical models is high for 6 m PZ/2 m HMDA, 6 m PZ/2 m BAE, and 5 m PZ/2 m AEP, with R 2 values close to one. The data for 6 m PZ/2 m DAB show significantly larger variations, particularly within the total pressure result ( Figure 4 ). The R 2 of the regressed model for 6 m PZ/2 m DAB is slightly less than other blends, but still shows good predictability. Also, the VLE curves predicted by this model are physically reasonable within the range of the experimental conditions.
Capacity ( C solv )
Solvent capacity is the difference in CO 2 concentration between the lean and rich conditions. It can be calculated by Equation 8 and the VLE model ( Table 2 ).
C solv represents the amount of CO 2 removed per unit mass of solvent required. Solvents with higher C solv are more energy efficient because less of it is needed per mole of CO 2 removal. C solv depends on the difference between lean and rich loading ( CO2 ) and the concentration of total alkalinity. The CO2 of a solvent depends on its CO 2 solubility at 40 °C; a large CO2 corresponds to a flat VLE curve.
The 40 °C VLE curve for the blends is plotted in Figure 6 , together with 5 m PZ/2.3 m AMP and 2 m PZ/4 m AMP, all compared against 8 m PZ, 7 m MEA, 6 m AEP, and 4.8 m AMP. The concentrated PZ blends have CO2 slightly less than 8 m PZ. The primary diamine blends (HMDA, DAB, BAE) have higher lean and rich CO 2 loading than 8 m PZ, as a result of the high pKa for the primary amines. Since CO 2 solubility decreases with increased CO 2 loading, high pKa values contribute to reduced CO2 . The curve for PZ/AEP lies between 8 m PZ and 6 m AEP, and the reduced solubility of this blend is the result of the weak alkalinity by the tertiary nitrogen group in AEP. AMP, a hindered amine, has large CO2 [7] . For PZ/AMP, the CO2 increases with increased AMP in the blend, and both are higher than 8 m PZ. However, the C solv of PZ/AMP is less than 8 m PZ despite the higher CO2 due to low concentration of alkalinity. The C solv for PZ/DAB, PZ/BAE, and PZ/AEP is about 20% lower than 8 m PZ but still about 15% higher than 7 m MEA. PZ/HMDA has low C solv , similar to that of 7 m MEA ( Table 3 ). 
Heat of CO 2 absorption ( H abs )
The heat of CO 2 absorption in a solvent can be predicted from CO 2 solubility measurements. Theoretically, H abs is the temperature dependence of P CO2 * and can be calculated by taking the derivative of the semi-empirical VLE model (Equation 9 ).
(9)
The mathematical expression shows, at conditions where the VLE model is valid, H abs is not a function of temperature but depends strongly on CO 2 loading. Previously modelling results show high H abs contributes to better energy performance in a process at constant stripper temperature [6] .
The predicted H abs of the new PZ blends and the PZ/AMP are compared against 8 m PZ, 7 m MEA, 4.8 m AMP, and 6 m AEP between solvent lean and rich loading (Figure 7) . At the same P CO2 *, H abs differs by less than 10 kJ/mol for all solvents. AMP, PZ/AMP, AEP, and PZ/AEP have high H abs compared to 7 m MEA. 6 m PZ/2 m BAE has intermediate H abs values, between 7 m MEA and 8 m PZ. H abs for 6 m PZ/2 m HMDA is high at lean loading but decreases significantly with increased loading. 6 m PZ/2 m DAB has lower H abs than 8 m PZ. While HMDA and DAB have high pKa values with high intrinsic H abs , they also contribute to high lean and rich loading of the blends. Since H abs decreases with increased loading, the practical H abs at the relevant loading range for PZ/HMDA and PZ/DAB is lower than expected. The predicted H abs at solvent lean loading and the mid-loading (P CO2 * 1.5 kPa) for the blends is summarized in Table 3 .
Energy performance
The energy performance of a solvent depends on its H abs and the thermal stability of the amines. The rate of solvent degradation limits the temperature of the stripper. Measured rates of thermal degradation for the new PZ blends are used to predict the maximum stripper operating temperature (T max ) [1, 11, 12] . With the predicted T max , the corresponding maximum stripper pressure (P max ) can be calculated [12] . Solvents with a combination of high T max and H abs will also have high P max . High P max reduces the work required to compress the removed CO 2 , and lowers the overall energy cost. The ratio of CO 2 and water vapor at the top of the stripper (P CO2 /P H2O ) also suggests relative energy performance of the solvent. With high CO 2 to H 2 O ratio, less stripping steam is required per mole of CO 2 removed which means less total energy requirement. P CO2 /P H2O also increases with an increase in H abs and T max . Thus, 6 m PZ/2 m HMDA, 6 m PZ/2 m BAE, and 5 m PZ/2 m AEP, with both high Tmax and H abs are expected to have the best energy performance compared to the other blends and are competitive against 8 m PZ.
The cost associated with heating the solvent depends on C solv and solvent viscosity to the 0.25 power [12] . To demonstrate this effect of viscosity on the heat cost in the process, a new parameter is defined by normalizing solvent capacity by the viscosity of the loaded solvent (Equation 10).
(10)
The values of P max , P CO2 /P H2O , and the viscosity normalized solvent capacity ( C ) for the blends are summarized in Table 3 . 
Absorption rate
The k g is plotted against P CO2 * at 40 °C (Figures 8 11) . P CO2 * at 40 °C is used in place of CO 2 loading to 1) more directly compare 40 °C results of different solvents at the same mass transfer driving force in an real absorber, and 2) conveniently compare k g 2 loading. 6 m PZ/2 m HMDA has a low absorption rate at 40 °C, which is only slightly higher than 7 m MEA at low loading and lower than MEA at high loading. The low rate of this blend is attributed to its high viscosity, which lowers the D CO2 in the liquid; at the same P CO2 *, the blend has higher loading than 8 m PZ, which corresponds to lower free amine for absorption (Equation 3). 6 m PZ/2 m DAB and 6 m PZ/2 m BAE have good rate at 40 °C, with k g With the three primary diamine blends (HMDA, DAB, BAE), k g This dependence is more significant at high temperature and CO 2 loading. This temperature effect follows the same trend as the temperature dependence of viscosity and D CO2 (Equation 2), which suggests mass transfer in these blends is more dependent on diffusion. All three blends have high viscosity and relatively high rich and lean loading, both of which contribute to strong dependence of k g 5 m PZ/2 m AEP has competitive k g compared to 8 m PZ. For the PZ/AEP blend, k g temperature. The k g compared to 6 m AEP suggests the reacting species in the blend is mostly PZ species.
An average k g g avg ) can be calculated for a 40 °C isothermal absorber with 90% CO 2 removal from coal flue gas (Equation 11). (11) k g ' avg is calculated by assuming a linear concentration profile and equilibrium curve in the absorber. The packing area required per unit of flue gas that corresponds to k g avg can be calculated using Equation 12.
The k g avg and A p /V g for the PZ blends are summarized in Table 3 . Mass transfer in the HMDA, DAB, and BAE blends is likely diffusion controlled.
